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Abstract

The rate controlling role of gas/solid diffusive transport and of intraporous diffusion in SCR-DeNOx monolith (honeycomb

and plate-type) catalysts is demonstrated and discussed in view of opportunities for catalyst optimization and process

development. On the contrary, axial diffusion and pressure drop are shown to be negligible phenomena in typical SCR

monolith reactors. # 1999 Elsevier Science B.V. All rights reserved.
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1. Introduction

The goal of this paper is to illustrate and rationalize

the role of mass-transfer limitations and of other

physical phenomena in determining the behavior of

gas/solid catalytic reactors, using the SCR-DeNOx

process over monolith catalysts as an example. The

reason for selecting this reaction is threefold:

1. Our research group has developed a long-time

experience in its experimental and theoretical

investigation [1,2].

2. As discussed in a previous contribution [3], this

example seems particularly appropriate for teach-

ing and introductory purposes, since it involves

well-defined hydrodynamic (laminar flow) and

geometrical (square monolith channels) aspects

which afford simple but rigorous analysis.

3. The SCR-DeNOx process may serve as a useful

introduction to the growing innovative subject of

structured catalysts and reactors [4].

In the following we address the in¯uence of mass-

transfer limitations and of other physical phenomena

on the SCR-DeNOx reaction over industrial-type hon-

eycomb monolith catalysts. For both interphase and

intraporous diffusion we present data proving the

onset of such limitations, then we discuss how related

critical parameters can be either estimated or mea-

sured in view of a quantitative analysis, and ®nally we

show how mathematical modeling and simulation of

the SCR monolith reactor provides practical guide-

lines for rationalization of experimental data, for

process optimization and for catalyst design. The

relevance of axial diffusion in the monolith channels,

as well as of pressure drop, is likewise discussed. In

this work the emphasis is not on the derivation of

model equations; rather, we wish to show that

the engineering analysis is informative of how the
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geometry of the catalyst and the hydrodynamic regime

affect the governing physical phenomena, resulting in

different reactor performances in spite of similar

intrinsic catalyst activities.

2. Background on the SCR-DeNOx process

Selective catalytic reduction (SCR) is now-a-days a

world-wide implemented commercial technology for

NOx abatement from power plant ¯ue gases[1,2,5,6].

It is based on the reaction among nitrogen oxides

(essentially nitrogen monoxide), ammonia and oxy-

gen according to the following primary stoichiometry,

4NO� 4NH3 � O2 ! 4N2 � 6H2O (1)

Typical commercial SCR catalysts consist of TiO2,

WO3 and V2O5 acting as the support, the promoter,

and the active component, respectively. They are

shaped in the form of honeycomb or plate-type mono-

liths: such structures afford low pressure drops and

low tendency to clogging by ash and solid particles

while retaining surface areas comparable to those of

packed beds of catalyst pellets [1]. Incorporated hon-

eycomb SCR catalysts consist of thousands of parallel

channels of square cross section, with hydraulic dia-

meters ranging from 3 mm (low-dust applications) up

to 6 mm (high dust applications). Virtually isothermal

operation of the SCR monolith reactors results from

the negligible thermal effects associated with the very

low reactant concentrations, typically 500 ppm or less.

Mechanistic and kinetic evidence is available to

support the dominant role of strongly adsorbed ammo-

nia in the reduction of gaseous or weakly adsorbed NO

according to a Rideal reaction scheme [7±9]. As long

as overstoichiometric feed ratios (��NH3/NO>1) are

adopted, the overall kinetics of the SCR process are

essentially ®rst-order in NO and zero-order in NH3

concentrations [10]. However, industrial reactors

operate with substoichiometric feeds (��NH3/

NO<1) to prevent emissions of unconverted ammonia:

in this case the kinetic dependence on NH3 must be

considered. On the other hand, rate dependences on O2

and H2O content of the ¯ue gases can be neglected as a

®rst approximation under typical conditions [10].

It is now clearly established that the apparent

kinetics of NO reduction by NH3 over SCR monolith

catalysts are actually the result of the interaction

between the intrinsic reaction rate (very fast) and

the (slower) diffusional transport of the reactants,

occurring both from the bulk gas phase ¯owing inside

the monolith channels to the catalytic walls (inter-

phase mass transfer), and inside the porous monolith

walls (intraporous diffusion). The next two sections

are devoted to discussing such processes, respectively.

3. Interphase mass transfer

3.1. Phenomenological aspects

The ¯ow regime prevailing in the channels of SCR

honeycomb catalysts is laminar under the operating

conditions of industrial interest, which involve linear

velocities of the ¯ue gases up to a few m/s. It is well

known that laminar ¯ow is less favorable than turbu-

lent ¯ow for interphase mass transfer, so we expect

that the diffusive transport of the SCR reactants in

DeNOx honeycombs from the bulk gas phase to the

catalytic walls may be hindered to some extent. Since

access of NO and NH3 to the catalytic surface is in

series to their conversion, this would adversely affect

the overall performance of the monolith reactor. Fig. 1

presents literature data [11] of NO conversion vs. area

velocity (AV�volumetric ¯ow rate/catalyst geometric

surface area) over two SCR honeycomb catalysts with

the same chemical composition, but with different

channel openings. A reduced overall activity is appar-

ent for the catalyst sample with the greater channel

hydraulic diameter, i.e. with the longer diffusion path

length.

Fig. 1. Experimental effect of area velocity on NO conversion over

two commercial SCR honeycomb catalysts with the same

composition but different channel size. T�3808C, ��1.2 (data

from Ref. [11]).
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Next we address the temperature dependence of

the observed NO conversion data. Fig. 2 is an Arrhe-

nius plot of the overall pseudo-®rst order rate constant

kov,

kov � ÿAV ln�1ÿ xNO� (2)

for two commercial SCR honeycomb catalysts, xNO

being the fractional conversion of NO. The estimates

of the apparent activation energy provided by the

slopes of the two straight lines through the data are

both close to about 16 kJ/mol, a value much lower

than expected for a catalytic reaction with rate con-

trolled by chemical kinetics. On the other hand, Fig. 2

shows also that the measured slopes are in good

agreement with a power-law T-dependence with

exponent�0.75: this is characteristic of an external

diffusion-limited regime, where the measured rate

constant kov is proportional to the molecular diffusiv-

ity of NO in the gas stream (/T1.75) and to the gas

density (/Tÿ1).

Thus, both the observations that NO conversion: i)

depends on the geometry of the monolith channels,

and ii) exhibits a weak T-dependence, point out a

signi®cant role of gas±solid mass transfer in SCR

honeycomb catalysts. Such a role must be properly

accounted for in the analysis and simulation of SCR

monolith reactors, at the industrial as well as at the

laboratory scale. Quantitative treatment of gas±solid

mass transfer in monoliths is the subject of the next

section.

3.2. Evaluation of gas±solid mass transfer rates

If diffusion of the reactants from the bulk gas phase

to the catalytic walls of the monolith channels is

slower than their reaction, then the reactant concen-

trations at the wall, Cw
i are smaller than their average

bulk concentrations in the gas phase, Cb
i . Adopting a

simple 1D approach, neglecting axial diffusion (see

Section 5.1 below), and assuming ®rst-order kinetics,

the steady-state differential mass balances of the

reactants NO and NH3 in the monolith channels

(gas phase) and at the gas±solid interface (monolith

walls) are, respectively [3]:

ÿu
dCb

i

dz
� 4

dh

kmt;i�Cb
i ÿ Cw

i �; i � NO; NH3; (3)

kmt;i�Cb
i ÿ CW

i � � kappCw
i ; (4)

where u is the average ¯ow velocity, kmt is a mass-

transfer coef®cient and kapp is an apparent rate con-

stant per unit monolith geometric area. Eqs. (3) and

(4) are readily combined to give

ÿu
dCb

i

dz
� kovCb

i (5)

with the overall rate constant given by

1

kov

� 1

kmt

� 1

kapp

: (6)

Eq. (6) re¯ects the sequential arrangement of the

resistances to gas±solid mass transfer and to the

catalytic reaction. If chemical reaction is the slower

process (kapp�kmt), then kov�kapp and we need not

worry about the mass transfer coef®cient kmt. But if

mass transfer is the rate controlling process (kapp�
kmt), then kov�kmt, and we are faced with the problem

of obtaining adequate estimates of the mass transfer

coef®cient kmt in order to describe the reactor beha-

vior.

The evaluation of mass (and heat) transfer coef®-

cients for 1D models of laminar ¯ow monolith reactors

is still under debate. Both experimental and theoretical

approaches have been proposed in the literature. The

experimental method relies on running a very fast

catalytic reaction (e.g. CO oxidation) over monolith

catalysts of different length and size, and determining

kmt from conversion data using Eq. (5) and the

assumption that kov�kmt. Typical data are reported

Fig. 2. Arrhenius plots for two commercial SCR honeycomb

catalysts, compared with a power-law T-dependence�T0.75.

Catalyst A: ��1.1, AV�33 Nm/h, dh�2.1 mm. Catalyst B:

��1.1, AV�26 Nm/h, dh�4.9 mm.
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for example by Ullah et al. [12]. However, widely

diverging results were published in the past; indepen-

dent studies have shown in fact that accurate measure-

ments of mass-transfer rates in monoliths under

strictly diffusional control may be hard to obtain

[13]. The most reliable results to date are probably

those of Uberoi and Pereira [14]: based on data

for the mass-transfer limited CO oxidation in

square-channeled titania±silica honeycomb catalysts

with the same geometric characteristics of industrial

SCR-DeNOx monoliths, they proposed the following

correlation for the average Sherwood number

Shav�(kmt dh/D), i.e. a dimensionless mass-trans-

fer coef®cient averaged over the entire monolith

length,

Shav � 2:696�1� 0:139=z��0:81
(7)

with z� � LD=�d2
hu�, a dimensionless axial length of

the monolith catalyst.

The form of Eq. (7) recalls a semi-theoretical cor-

relation proposed by Hawthorn [15], who introduced

an empirical correction to the analogy between heat

and mass transfer in laminar ¯ow in square ducts in

order to ®t experimental data on honeycomb mono-

liths, resulting in

Shav � 2:976�1� 0:095=z��0:45: (8)

However, a fully theoretical approach involves the

development of complete, rigorous multidimensional

models of laminar-¯ow monolith reactors and the

derivation of correlations for Sh from their numerical

solutions. By this method Tronconi and Forzatti [16]

have shown that Sh can be predicted according to the

analogy between heat and mass transfer to laminar

¯ow in ducts of constant wall temperature, a classical

problem extensively treated in the engineering litera-

ture [17]. Their correlation for local Sherwood num-

bers in square channels with developing laminar ¯ow

is

Sh � 2:976� 8:827�1000z��ÿ0:545
exp�ÿ48:2z��:

(9)

Eq. (9) was tested successfully against both steady-

state and dynamic honeycomb SCR data obtained at

the laboratory scale [8,18], and also against data

collected in unsteady SCR-DeNOx of Diesel exhaust

gases [19].

The three approaches, Eqs. (7)±(9), and the corre-

lation by Ullah et al. [12] are compared in Fig. 3 in

terms of length-averaged Sherwood numbers.

Fig. 3 indicates that the theoretical approach of

Tronconi and Forzatti and the semi-theoretical corre-

lation of Hawthorn are very close over the whole range

of z*-values of practical interest. The experimental

correlation of Uberoi and Pereira yields consistently

greater Sh numbers, but eventually converges to nearly

the same asymptotic value. The Ullah et al. correlation

is signi®cantly lower than all the others. The devia-

tions of the four curves in Fig. 3 are representative of

the uncertainty still affecting estimation of mass-

transfer coef®cients in monolith honeycomb catalysts.

One can speculate that: a) the low data of Ullah et al.

were not representative of a completely diffusional

regime [13]; b) the higher values of Sh measured by

Uberoi and Pereira originate from uncontrolled hydro-

dynamic effects at the monolith entrance, involving

e.g. localized eddies. In summary, the theoretical

approach seems to provide more conservative esti-

mates at the moment.

3.3. Modeling applications

Channel size of SCR honeycomb catalysts. Fig. 4

is a design plot for the selection of the area velocity

(i.e. of the catalyst volume at a given feed rate)

required to satisfy a speci®cation of 2 ppm NH3

slip using honeycomb catalysts with different channel

hydraulic diameters. The results in the Figure, based

Fig. 3. Correlations for the average Sherwood number in

honeycomb monoliths.
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on Eq. (9), point out the necessity of accounting

for gas±solid mass transfer in the design of SCR

reactors.

Honeycomb vs. plate-type SCR catalysts. In addi-

tion to honeycombs, there is a growing interest in the

use of plate-type monolith catalysts for SCR-DeNOx

processes, particularly for high-dust applications or

where poor ¯ue gas distribution and changes in load

are probable. However, very little has been reported so

far about gas±solid mass transfer in such structures.

Their channel geometry [20] is considerably more

complex than in square-channel honeycombs, making

a theoretical approach more expensive. Giudici and

Tronconi [21] have presented the analysis of heat

transfer to fully developed laminar ¯ow in plate-type

monolith structures similar to a class of SCR catalysts.

Because of the analogy between heat and mass

transfer, their results, including correlations for the

local Nusselt number, can be applied to the evaluation

of gas±solid mass transfer coef®cients (Sh numbers) in

monolith catalysts with the same con®guration. Fig. 5

compares the calculated performance of a high-dust

honeycomb monolith and that of a plate-type

monolith, for ®xed catalyst properties. The plate-

type con®guration yields lower NO conversions.

In fact, the industrial corrugated plates herein con-

sidered are characterized by a slower gas±solid diffu-

sion rate (Sh1�2.14) than square ducts; also, the

sinusoidal channels have wider cross sections and

consequently a longer diffusion path than honey-

combs, which further lowers the interphase diffusion

rate of reactants.

4. Intraporous mass transfer

4.1. Phenomenological aspects

In addition to the gas±solid mass transfer limita-

tions discussed above, it is now well established that

the SCR process suffers also from intraporous diffu-

sional resistances which lower dramatically the cata-

lyst utilization [7,22]. To better understand this aspect,

let us reconsider the apparent rate constant kapp of a

commercial SCR monolith: as shown by Eqs. (2) and

(6), this can be estimated from NO conversion data

after subtracting the contribution of inter-phase diffu-

sion, kmt. An example is provided in Fig. 6: the values

of kapp herein plotted as solid square symbols were

Fig. 4. Relationship between honeycomb channel diameter and

area velocity providing 2 ppm NH3 slip over a commercial SCR

catalyst. T�3808C, ��0.8, C0
NO�500 ppm.

Fig. 5. Honeycomb vs. plate-type monoliths. ��1.1, C0
NO�

500 ppm, T�3508C. dh, honeycomb�6.0 mm; dh, plates�8.4 mm.

Interphase mass transfer in plate-type monoliths was estimated

according to [21], case No. 4.

Fig. 6. Arrhenius plot of the apparent rate constant measured over

a commercial SCR monolith catalysts (dh�4.15 mm, tw�0.8 mm)

(squares) and over the same catalyst ground to particles

(d�0.1 mm) (circles); ��1.1.
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estimated by ®tting Eqs. (5), (6) and (9) to NO con-

version data obtained in our laboratories over a com-

mercial SCR monolith with low-dust con®guration

(wall thickness�0.8 mm) in the 340±3708C tempera-

ture range. The estimate of the apparent activation

energy amounted to nearly 29 kJ/mol. A sample of the

same commercial monolith was then crushed into ®ne

particles (average diameter�0.1 mm) and their activ-

ity in the DeNOx reaction was measured in a ®xed bed

microreactor in the 200±3008C T-range. The data are

given as solid circles in Fig. 6: they show that, when

extrapolated to the industrial temperatures, the cata-

lytic activity of the powders was markedly higher than

the monolith activity. The temperature dependence of

the rate constant over powders was also more pro-

nounced, with an activation energy of about 59 kJ/

mol. Such effects are associated with the in¯uence of

intraphase mass transfer: this was negligible in the ®ne

particles but controlled the process rate in the mono-

lith catalyst.

In the case of the small catalyst particles, the

intraporous diffusion path was short enough to allow

uniform access of the reactants to all the catalyst active

sites. In the monolith walls, however, due to a much

longer characteristic size, the rate of consumption of

NO and NH3 prevailed over the rate of diffusion of the

same species inside the catalyst wall. The reactants

were thus used up within a thin super®cial layer of

catalyst, while most of the inner catalyst wall

remained inactive, being depleted of reactants. The

average reaction rate across the wall half-thickness

was therefore much lower than the reaction rate at the

gas±solid interface.

Since the monolith wall can be approximated as an

in®nite slab, the following expression for the catalyst

effectiveness factor is adopted [23]:

� � 1

�
� 1

tw=2

��������������
Deff;NO

kc

r
with �� 1; (10)

where � is a Thiele modulus, tw the monolith wall

thickness, Deff, NO the effective intraporous diffusivity

of NO, and kc the intrinsic rate constant. Eq. (10) is

valid for ®rst-order kinetics, which applies to the

special case of NH3/NO feed ratios>1. A more com-

plex expression for the effectiveness factor valid for

Rideal kinetics over the whole range of feed composi-

tions was developed by Tronconi et al. [8]. The

relation between the apparent rate constant kapp (per

unit catalyst surface, measured from monolith activity

data) and the intrinsic rate constant kc (per unit catalyst

volume, measured over ®ne catalysts powders) is thus:

kapp � �kc
tw

2
� ������������������

kcDeff;NO

p
(11)

and

Eact; app � 1
2
Eact; c: (12)

Eq. (12) indicates that intraporous resistances affect

also the temperature dependence of the SCR reaction

over monoliths, as they lower the apparent activation

energy by a factor of 2 with respect to the intrinsic

activation energy of the DeNOx reaction measured

over powders.

Thus, both the experience and the theoretical ana-

lysis assess that the prediction of the performance of a

monolithic SCR catalyst requires the estimation of the

effective diffusion coef®cients of the reactants inside

its porous walls, Deff,i. This is a general problem of

catalytic reaction engineering, for which many

approaches have been proposed. In the case of SCR

catalysts, which often exhibit bimodal pore size dis-

tributions, the so-called random pore model has been

recommended in the literature. This is brie¯y

described in the following section.

4.2. Evaluation of effective diffusivity coefficients

The Wakao±Smith random pore model [24]

assumes that the porous medium is an agglomerate

of micro-porous particles; the void space between

adjacent particles would give rise, instead, to

macro-porosity. This morphological model assumes

that the overall diffusion process results from three

contributions: the diffusion from macro-pores to

macro-pores, the diffusion from micro-porous parti-

cles to micro-porous particles, and the mixed diffusion

from macro-pores to micro-porous particles and vice-

versa, respectively. The effective diffusivity coef®-

cient is evaluated as the weighted average of the

diffusion coef®cients for each path, with weights

given by the probabilities of the various mechanisms.

The adequacy of the random pore model for the

calculation of effective diffusion coef®cients in

SCR monolith catalysts was experimentally veri®ed

by Beeckman [25], who measured the effective diffu-
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sion coef®cient of NO through SCR catalyst walls

using a non-conventional diffusion cell based on a

single monolith channel. Some data are listed in

Table 1. Catalysts A, B, C have different morpholo-

gical characteristics; in particular, the highest diffu-

sion coef®cient was found for catalyst B, which was

characterized by the highest void fraction of macro-

pores. Table 1 also reports the estimates of the diffu-

sion coef®cient computed according to the random

pore model. It can be observed that a good agreement

between experimental and calculated values of

Deff, NO was achieved, with deviations below 10%.

Measured and calculated values of NO effective

diffusivity con®rm that intraporous diffusion of SCR

reactants is extremely slow compared to molecular

diffusion; in fact the effective diffusion coef®cients of

NO and NH3 are over two orders of magnitude smaller

than molecular diffusivities. Accordingly, the effec-

tiveness factor of the monolith catalyst is very low,

usually in the range 1±10%, indicating that most of the

catalyst remains inactive.

4.3. Catalyst design

Catalyst pore structure. A complete model of the

SCR monolith reactor which accounts for the role of

reaction kinetics, interphase mass transfer, and intra-

porous diffusion can be effectively applied to the

design and optimization of the monolith catalyst.

An interesting case is the optimization of the catalyst

morphological features. We brie¯y report the main

results of the related published studies [7,22].

As already mentioned, recent SCR commercial

catalysts often present bi-modal pore size distribu-

tions. In fact, micro-pores offer the highest resistance

to intraporous diffusion but enhance the catalyst sur-

face area, the opposite being true for macro-pores;

thus, both kinds of porosity grant a function which is

favorable to the overall process, and their co-existence

results in a synergic effect. This is clari®ed in Fig. 7,

where calculated NO conversion is plotted as a func-

tion of the amount of micro-pores for given catalyst

intrinsic activity and total pore volume, and for three

different micropore radii. Notably, the curves exhibit

maxima. In fact, in correspondence with very low

micro-pore fractions the catalyst surface area is high

but the reactant diffusion coef®cients are low; on the

contrary, at high contents of macropores, intraporous

diffusion is enhanced, but the catalyst surface area is

much reduced. For the assumed conditions it was

calculated that an optimal combination was granted

by �m�0.25 and �M�0.45, which resulted in the max-

imum attainable NO conversion [22]. Of course, other

factors, including above all mechanical resistance, must

be considered as well in the design of the catalyst pore

structure in addition to catalyst utilization.

Monolith wall thickness. It has been mentioned that

commercial SCR monolith catalysts have very low

effectiveness factors. Accordingly, the monolith wall

thickness could be signi®cantly reduced without

affecting the DeNOx performance. For ®xed operating

conditions, catalyst activity and morphology, Fig. 8

shows that NO conversion is unaffected by decreasing

the catalyst thickness down to a critical value corre-

sponding to the depth of the super®cial active layer.

Table 1

Experimental and estimated values of Deff, NO at 208C [25]

Catalyst Deff, NO (cm2/s), measured Deff, NO (cm2/s), calculated

A (rm�80 AÊ , rM�2500 AÊ , �m�0.5, �M�0.014) 0.00452 0.0051

B (rm�120 AÊ , rM�2500 AÊ , �m�0.44, �M�0.021) 0.00726 0.0069

C (rm�110 AÊ , rM�2500 AÊ , �m�0.42, �M�0.014) 0.0051 0.0057

Fig. 7. Calculated influence of micropore fraction and radius on

NO conversion.
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5. Other physical phenomena

5.1. Axial diffusion

In principle, diffusive transport of the SCR reactants

along the monolith channels due to their axial con-

centration gradients should be considered in addition

to convective transport. In practice, this is generally

neglected, primarily because such a contribution is

often negligible, but sometimes also because it intro-

duces signi®cant mathematical complications in reac-

tor modeling. To estimate the impact of such a

simplifying assumption in the SCR case, NO conver-

sions corresponding to different monolith lengths but

constant area velocities were calculated taking into

account axial molecular diffusion of NO and NH3.

Sample results shown in Fig. 9 indicate that the

in¯uence of axial diffusion becomes appreciable only

in the case of very short monoliths (L<5 cm).

It can be proven that this corresponds to a dimen-

sionless criterion for signi®cant axial diffusion effects

based on the ratio of convective to diffusive process

rates [26]:

udh

D

� �
< 102: (13)

5.2. Pressure drop

Industrial SCR reactors contain up to four catalyst

layers, usually about 1 m deep, with spacing in

between. The gas stream ¯ows in laminar regime

inside the monolith channels, but turbulence and

eddies arise between adjacent monolith layers. The

pressure drop across each catalyst layer includes

both the distributed contribution due to channel fric-

tion and the concentrated entrance/exit losses. It is

usually evaluated according to an additive formula,

such as

�P � 2fm�u2

dh

L� n
�u2

2
: (14)

The friction factor fm for laminar ¯ow in square

channels is given by Shah and London [17]:

fm�14.227/Re. Concerning the contraction/expansion

term, which is, however, much smaller, the expression

n�1.75(1ÿ�) has been proposed for the coef®cient in

Eq. (14), � being the monolith void fraction [27]; in

the industrial practice entrance and exit losses for

large-scale monoliths are simply accounted for by

assuming n�1.5. Fig. 10(a) presents calculations of

pressure drop across a 1 m catalyst layer vs. linear

velocity of ¯ue gases and monolith channel diameter.

Typical values of linear velocity in high-dust SCR

reactors amount to 3±5 m/s. It can be appreciated from

the Figure that the monolith con®guration is always

associated with practically negligible pressure losses,

even at the highest linear velocities and in the smallest

channels. Notice also the virtually linear dependence

of �P on gas velocity, typical of laminar ¯ow, which

con®rms that the distributed loss is the dominant

contribution. Fig. 10(b) reports the pressure drop

per unit length across a packed bed of spheres, calcu-

lated according to the Ergun formula [23], as a func-

tion of linear velocity of the gas stream and of the

sphere diameter.

Fig. 8. Calculated effect of monolith wall thickness on NO

conversion.
Fig. 9. Calculated effect of monolith length at constant

AV�10 Nm/h. ��1.1, C0
NO�500 ppm, dh�6 mm.
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By comparison with Fig. 10(a), it is apparent that

the use of packed beds is associated with pressure

losses 2±3 orders of magnitude higher than in mono-

liths with equal characteristic size operated at the

same linear velocity. This rules out the application

of packed beds to the SCR±DeNOx treatment of power

plant ¯ue gases, which are emitted at atmospheric

pressure and very high ¯ow rates (106 Nm3/h for a

300 MWatt power plant). In order to contain the

pressure loss, a hypothetical packed-bed SCR reactor

should be virtually two-dimensional with depth as

short as possible and cross-section as wide as possible.

Considering that, given the catalyst utilization and

the surface-to-volume ratio of pellets, the removal of

NOx from a medium size power plant would still

require 50±100 m3 of catalyst, this is clearly unrea-

listic.

6. Conclusions

Monolith catalysts for SCR-DeNOx applications,

now-a-days a signi®cant share of the market of indus-

trial catalysts, typically operate under control of

interphase and intraporous mass transfer. It is impor-

tant to recognize the conceptual and quantitative

implications of this fact for the following major

reasons:

1. investigation of monolith catalysts at the labora-

tory scale yields data re¯ecting not only the

intrinsic catalytic activity of the tested samples,

but also their geometric con®guration and pore

structure;

2. catalyst development efforts can be more profitably

directed towards optimization of the monolith pore

size distribution, to improve the catalyst utilization,

rather than to increasing the intrinsic activity,

which is not the controlling factor under industrial

conditions.

Engineering analysis shows that the performance of

SCR monolith reactors is a complex function of design

parameters and operating conditions, so that a purely

empirical approach to optimization would be expen-

sive and lengthy: this is indeed a case where mathe-

matical modeling has proven an effective tool for

process development work.

Finally, it is worth noting that the considerations on

the important role of physical phenomena herein

discussed for the SCR process similarly apply to other

catalytic reactions based on monolith or structured

catalysts, including e.g. catalytic combustion, me-

thane partial oxidation, paraf®n oxidative dehydro-

genation. In these cases, however, the analysis

becomes by far more complex due to the dominant

heat transfer effects.

Fig. 10. Calculated pressure drop across: (a) 1 m deep layer of SCR honeycomb catalyst; (b) 1 m deep layer of spherical catalyst pellets.

Effects of gas linear velocity and of channel diameter.
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